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a b s t r a c t

In flow-through membrane reactors, a porous membrane is used as a microstructured catalyst support,
which provides for an intensive contact between reactants and catalyst. When performing exothermal gas
phase reactions, large temperature differences between feed and permeate side are observed. This work
eywords:
atalyst support
eat transfer
embranes
icrostructure

systematically derives an axial temperature profile inside the inaccessible membrane pores by combining
a one-dimensional reactor model of mass and energy balances with experimental measurements of reac-
tor temperatures and conversion, applying ethene hydrogenation as a model reaction. It is shown, that the
anodized membrane reactor can be regarded as isothermal under any operating conditions and the heat
transfer mechanisms inside the membrane prove to be irrelevant for the resulting membrane tempera-
ture. By applying the derived heat transfer model to the performed ethene hydrogenation experiments,

an be
eaction engineering the reactor temperature c

. Introduction

Catalytic porous membranes which are convectively passed by
he reaction mixture are frequently called “flow-through catalytic

embrane reactors”. The porous, mostly ceramic, membrane does
ot perform any separative task but is solely used as microstruc-
ured catalyst support. As the reactor concept allows for a high
atalytic activity due to an intensive contact between reactants and
atalyst and potentially for a narrow residence time distribution,
t has become a popular field of investigation [1–7]. As the reac-
or length coincides with the membrane thickness, residence times
an be smaller than 1 ms, corresponding to space-time-yields in the
rder of 104 mol/m3s.

For strongly exothermal gas phase reactions, such as ethyne or
thene hydrogenation, the adiabatic temperature rise

Tad = xHC · (−�HR,HC)
cp

(1)

asily reaches 1000 K if operated at low dilution ratios. If these
eactions are performed in a flow-through catalytic membrane
eactor, the specific thermal load induced by reaction exceeds

GW/m3, leading to large temperature differences of more than
00 K between feed and permeate side [8]. On the other hand,
he microstructured geometry causes intensive heat transfer inside
he membrane, levelling temperature profiles. The knowledge of

∗ Corresponding author. Tel: +49 241 80 95470; fax: +49 241 80 92252.
E-mail address: thomas.melin@avt.rwth-aachen.de (T. Melin).

385-8947/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2009.07.059
predicted satisfactorily in the whole range of performed experiments.
© 2009 Elsevier B.V. All rights reserved.

the resulting gas and wall temperatures at different sites of the
membrane is essential for the calculation of reaction rates and con-
versions.

This work aims at determining an axial temperature profile
along the membrane reactor and corresponding heat transfer
coefficients by combining experimental measurements with a non-
isothermal reactor model, in order to analyze and predict reactor
temperatures under given conditions. All measurements are per-
formed in a flow-through catalytic membrane reactor with the
hydrogenation of ethene as model reaction.

2. Materials and methods

2.1. Membrane microstructure

Anodized alumina membranes consist of uniform cylindrical
pores and offer a narrow size distribution [9,10]. They are com-
mercially available for microfiltration applications with different
nominal pore diameters and a thickness of 60 �m (Whatman
Anodisc). SEM images of Whatman Anodisc membranes are given
exemplarily in Fig. 1. The top view image of a W02 membrane with
a nominal pore diameter of 0.2 �m at a magnification of 10 000
(Fig. 1(a)) illustrates the regular arrangement of open pore channels
and the rather narrow size distribution. The cross-section of a W01

membrane with a nominal pore diameter of 0.1 �m at a magnifica-
tion of 1000 (Fig. 1(b)) demonstrates the pore-channel geometry:
the nominal diameter of 0.1 �m can only be found in the thin active
layer at the bottom, whereas the main part is made up of channels
with diameters around 0.2 �m. The pores are straight and arranged

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:thomas.melin@avt.rwth-aachen.de
dx.doi.org/10.1016/j.cej.2009.07.059
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ig. 1. SEM images of Whatman Anodisc membranes. (a) Top view of W02 membr
he bottom, 1000 × magnification.

erpendicular to the surface without bifurcations. Moreover, they
re slightly cone-shaped rather than exactly cylindrical. W02 mem-
ranes consist of only one uniform layer made up of channels with
iameters around 0.2 �m. Because of their uniformity in structure,
xperiments are performed with W02 membranes. The thickness
f the commercially available membranes varies. In the case of the

llustrated W01 sample, the thickness is 80 �m instead of 60 �m as
iven in the specifications by the supplier.

The nano-scale porous structure of anodized alumina mem-
ranes promises a highly efficient heat transfer across the gas–wall

nterface, whereas the limited external surface area of the almost
wo-dimensional flat sheet membrane does not allow for heat

emoval in radial direction. On the feed side, the membrane can
e considered to be exclusively in contact with the feed gas. How-
ver, on the permeate side, heat can be transferred to a porous metal
upport and further to the external surface of the reactor module
Fig. 2).

ig. 2. Reactor module employed for flow-through experiments (dimensioning in
m).
0 000× magnification and (b) cross-section of W01 membrane with active layer at

2.2. Experimental setup and procedure

Ethene hydrogenation experiments are performed in a catalytic
membrane with a nominal pore diameter of 0.2 �m (W02), placed
in a module consisting of a bottom part (body), a porous support
plate, a graphite gasket and a top part (lid), as displayed in Fig. 2. The
body provides an outlet connection for the product gas flow and a
circular cavity for a porous metal support plate, the membrane itself
and the module lid. The catalytic membrane is placed on top of the
support plate, followed by a graphite gasket with a thickness of 2
mm. A hole in the center of the support plate allows for insertion
of a thermocouple to measure the gas temperature on the product
side. The lid of the module is equipped with an inlet connection for
the feed gas flow and an outside sealing O-ring (FKM 80) to seal
the gap between lid and bottom part. It is mounted to the body by
means of four socket screws.

Ethene conversion and reactor temperature are measured under
variation of flow rate and nitrogen dilution. The feed is a gas mixture
of nitrogen and a stoichiometric mixture of the reactants ethene
and hydrogen. The detectable reactant concentrations of hydrocar-
bons are measured in-line by means of Fourier transform infrared
spectroscopy (FTIR). The total amount of detected hydrocarbons
corresponds to the initial amount of ethene. The concentrations of
hydrogen and nitrogen are calculated by a stoichiometric balance.
The reactor temperature is measured by thermocouples introduced
via the inlet and outlet fittings.

2.3. Reactor model

Compared to conventional reactors, microstructured reactors
outstand by their increased heat and mass transfer properties. On
the one hand, heat transfer across a gas–wall interface Q̇trans is pro-
portional to the temperature difference between gas and wall, the
surface area of the interface Atransfer and a heat transfer coefficient
h according to

Q̇trans = h · Atransfer ·
(

Tgas − Twall

)
. (2)

On the other hand, heat generation of a chemical reaction is
proportional to the reactor volume or in case of heterogeneous
reactions to the amount of catalyst. By reducing the diameter of a

channel, the ratio between channel surface and volume increases,
leading to improved heat transfer. However, even more impor-
tant is another effect. For a constant Nusselt number, describing
the ratio between heat transfer and heat conduction, the heat
transfer coefficient h is inversely proportional to the channel
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conduction Q̇cond in and against flow direction and heat transfer
between gas and pore wall Q̇trans:

−∂Q̇cond

∂z
dz + Q̇trans = 0. (17)
T. Westermann et al. / Chemical En

iameter d, leading to extremely high heat transfer coefficients
n microstructured reactors. Additionally, strong diffusive radial

ixing efficiently counteracts concentration or temperature pro-
les [11]. Thus, despite the laminar flow profile always present

n microchannels, a one-dimensional plug flow behavior can be
ssumed.

Assuming identical pores, the investigated model system can
e reduced to a single pore and the surrounding pore wall, with
ymmetry in radial direction. Furthermore, for small radial con-
entration gradients inside the pore in consequence of intensive
adial mixing, a quasi-homogeneous reaction with plug flow can
e assumed [12]. The plug flow assumption reduces the complexity
o a single dimension, in which gas temperature, wall temperature
nd gas composition will be treated as separate variables. Pressure
rop is neglected and fluid properties are assumed to be constant
long the reactor. Especially for high axial velocities, low abso-
ute pressures, low dilution and high conversion, this is a major
implification, as strong pressure and velocity gradients may arise.
evertheless, neglecting these parameters allows to focus on heat

ransfer processes and should at least leads to qualitative correla-
ions.

.3.1. Material balance
A steady state differential material balance of ethene yields:

dXC2H4

dZ
= − rC2H4

xC2H4,feed
= mcat

ṅtot
k · pn · x(n−1)

C2H4,feed · (1 − XC2H4 )n. (3)

his equation implies the conversion of ethene XC2H4 with the sim-
lification

C2H4 = 1 − ṅC2H4

ṅC2H4,feed
≈ 1 − xC2H4

xC2H4,feed
. (4)

eaction kinetics are incorporated in a dimensionless term, assum-
ng constant pressure and molar flow rate

C2H4 = −mcat

ṅtot
· k ·

(
pC2H4,feed

(
1 − XC2H4

))n
. (5)

ssuming a uniform catalyst distribution in the membrane, the val-
es of catalyst mass and molar flow can be given for the whole
embrane, rather than for a single pore, as their ratio stays con-

tant.

.3.2. Gas phase energy balance
To determine axial profiles of the gas and pore wall temperature,

wo separate energy balances are applied, which are coupled by
he heat transfer term between gas and pore wall. In both balances
ll radial profiles are neglected. A steady state differential energy
alance for a volume element dV = A · dz takes into account the
onvective heat transfer Q̇conv into and out of the control volume,
eat conduction Q̇cond in and against flow direction, heat transfer
etween the gas and pore wall Q̇trans and heat generation by a chem-

cal reaction Q̇react. The effective axial heat conduction incorporates
ll axial mixing processes [13]:

∂Q̇conv

∂z
dz − ∂Q̇cond

∂z
dz − Q̇trans + Q̇react = 0. (6)

he single terms can be calculated as follows:

˙ conv = ṅtot · cp · T, (7)

˙ cond = −A · kgas · ∂Tgas
, (8)
∂z

˙ trans = h · (Tgas − Twall) · �d · dz, (9)

˙ react = �HR · ṅtot · ∂xC2H4

∂z
· dz. (10)
ring Journal 155 (2009) 371–379 373

Introducing a dimensionless length Z = z/L and temperature � =
T/T0 as well as the ethene conversion according to Eq. (4), several
parameters can be cropped, forming dimensionless quantities.

The Nusselt number

Nu = h · �dL2

A · kgas
(11)

describes the ratio between heat transfer and heat conduction in the
gas phase. It is important to note that heat transfer is proportional to
the pore wall surface �dL, whereas heat conduction is proportional
to the cross-section area of the pore A = �/4d2.

The Péclet number

Pe = ṅ · cp · L

A · kgas
(12)

characterizes the ratio between heat convection and heat conduc-
tion in the gas phase.

The dimensionless adiabatic temperature difference

��ad = −�HR · xC2H4,feed

cp · T0
(13)

is normalized to the reference temperature T0.
The energy balance for the gas phase results as:

d2�gas

dZ2
= Pe · d�gas

dZ
+ Nu ·

(
�gas − �wall

)
− Pe · ��ad · dXC2H4

dZ
.

(14)

2.3.3. Pore wall energy balance
The accessible membrane area Amem can be subdivided into a

total pore area Amem,pore and a total wall area Amem,wall according to
the porosity �:

Amem = Amem,pore + Amem,wall = � · Amem + (1 − �) · Amem. (15)

The cross-sectional area of wall material Awall of a single pore, which
is characteristic for heat conduction, is calculated by allocating the
same amount of wall material to each pore according to

Awall = 1 − �
�

· A, (16)

assuming identical heat transfer characteristics in each pore and
thus no radial heat transfer between pore walls (Fig. 3).

The steady state differential energy balance for a volume ele-
ment of the pore wall dVwall = Awall · dz takes into account heat
Fig. 3. Axial membrane cross-section with pore area A and allocated wall area Awall.
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ote that in contrast to the gas phase energy balance, heat transfer
s here declared as positive. The single terms can be calculated as
ollows:

˙ cond = − 1 − �
�

· A · kwall · ∂Twall

∂z
(18)

˙ trans = h · (Tgas − Twall) · �d · dz. (19)

Again, a dimensionless quantity can be introduced. The Biot
umber

i = �
1 − �

h · �dL2

A · kwall
(20)

haracterizes the ratio between heat transfer and heat conduction
n the pore wall. Heat transfer is proportional to the pore wall sur-
ace �dL, whereas heat conduction is proportional to the allocated
ross-section area of the pore wall Awall as described in Eq. (16).

The energy balance for the pore wall results as:

d2�wall

dZ2
= −Bi ·

(
�gas − �wall

)
. (21)

.3.4. Boundary conditions
The reactor model consists of the three coupled differential Eqs.

3), (14) and (21) with the variables XC2H4 , �gas and �wall. The
nergy balances are second order differential equations and the
aterial balance is of first order. This leads to a boundary value

roblem, requiring five boundary conditions.
The boundary condition for the material balance is rather sim-

le, as the conversion of ethene is assumed to be zero at the pore
ntrance since axial dispersion is neglected

C2H4 (Z = 0) = 0. (22)

Energy balances at the pore entrance for both gas phase and
ore wall lead to the well-known boundary conditions proposed
y Danckwerts [14]

gas(Z = 0) = 1 + 1
Pe

· d�gas

dZ
(Z = 0), (23)

wall(Z = 0) = 1 + 1
Bi0

· d�wall

dZ
(Z = 0). (24)

hey allow for a temperature step between feed temperature T0 and
as and wall temperatures at Z = 0. As the feed temperature is cho-
en as reference temperature, the dimensionless feed temperature

feed = 1 appears in the boundary conditions.
For the pore wall energy balance, a Biot number for the pore

ntrance

i0 = h0 · L

kwall
(25)

ppears as additional dimensionless quantity, which differs from
he Biot number defined in Eq. (20) not only by the characteristic
ength, but also by the heat transfer coefficient h0, as the heat trans-
er characteristics are different inside a channel and at the front face
f the channel.

The remaining two boundary conditions define the heat trans-
er behavior at the pore outlet. Two different models are discussed
t this stage, labelled model 1 and model 2, respectively. As a first
ssumption (model 1), temperature steps similar to those at the
ntrance are allowed at the outlet. This assumption is feasible, if
he catalytic membrane is cooled from the outlet side. The corre-
ponding boundary conditions completing model 1 are
gas(Z = 1) = �permeate − 1
Pe

· d�gas

dZ
(Z = 1), (26)

wall(Z = 1) = �permeate − 1
Bi1

· d�wall

dZ
(Z = 1). (27)
ring Journal 155 (2009) 371–379

The Biot number at the pore outlet Bi1 is defined correspondingly
to Eq. (25). It has to be noted that the dimensionless permeate
temperature is not known if the model is predictive.

If the gas and wall temperature at the pore outlet are close to
the permeate temperature, heat conduction as well as heat transfer
from the pore wall to the reactor module can be neglected (model
2). In this case, the temperature gradients at Z = 1 turn to zero,
yielding the classical Danckwerts boundary conditions at the outlet,
completing model 2:

d�gas

dZ
(Z = 1) = 0, (28)

d�wall

dZ
(Z = 1) = 0. (29)

This assumption is a severe simplification, especially if the catalytic
membrane is actively cooled. The two models differ in the tempera-
ture gradients allowed at the outlet. Nevertheless, both of them are
suitable to describe the reactor behavior under the applied experi-
mental conditions, as will be demonstrated for model 2. They even
lead to identical temperature profiles. Thus, in the following, only
the results of model 2 will be presented for reasons of convenience.
It does not require knowledge of the permeate temperature, nei-
ther of the additional parameter Bi1, implying that all heat removal
is attributed to Bi0.

3. Results and discussion

3.1. Reaction kinetics

Applying a catalytic anodized membrane with a palladium con-
tent of 0.14 mg, ethene hydrogenation experiments are performed,
measuring ethene conversion and reactor temperature, under vari-
ation of flow rate and nitrogen dilution. All experiments are carried
out with stoichiometric feed of the reactants ethene and hydro-
gen, with the result that their concentrations are equal at all times.
This procedure does not allow for exact determination of the reac-
tion kinetics, but it reduces the number of kinetic parameters as
the two individual reaction orders of ethene and hydrogen can be
replaced by a total reaction order. Applying an Arrhenius expres-
sion for temperature dependence, a three parameter kinetic rate
law is supposed (Eq. (30)). The kinetic parameters are determined
from the experimentally measured conversions assuming isother-
mal ideal plug flow behavior, so assuming the temperature of the
product being the constant reactor temperature. This assumption
will be validated in Section 4.

rC2H4 = −k∞ exp(
−EA

RT
) pn

C2H4
(30)

n = 1.8 (31)

k∞ = 3.75 × 104 mol/(kgcat s barn)

= 3.75 × 10−5 mol/(kgcat s Pan)
(32)

EA = 2 001 J/mol. (33)

The best agreement between experiment and model is reached for
a reaction order of n = 1.8. The determined activation energy of
EA = 2 001 J/mol is rather low. Compared to the reaction kinetics
given in Ref. [15] with a corresponding value of EA = 40 600 J/mol,
determined for higher dilutions and at lower temperatures, the
temperature influence is much less significant. The total reaction
order of 1.8 on the other hand is much higher than the value of

1.45 − 0.85 = 0.6 reported in Ref. [15]. Comparing initial reaction
rates for the applied experimental parameters calculated with both
rate laws, the determined reaction rate per catalyst mass is faster
by a factor of 3 (for T = 572 K) up to 65 (for T = 410 K). A role of
nitrogen in the reaction kinetics cannot be excluded. Nitrogen could
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Table 1
Ethene hydrogenation kinetics: reaction conditions and measured conversions com-
pared to model predictions.

xC2H4 Qtot[lN/min] QC2H4 [lN/min] pfeed [×105 Pa] T [K] Xexp Xsim

0.50 0.80 0.40 1.00 572 0.77 0.80
0.50 1.50 0.75 1.03 537 0.67 0.67
0.50 2.50 1.25 1.09 477 0.51 0.54
0.40 1.00 0.40 1.02 531 0.71 0.71
0.40 1.88 0.75 1.06 505 0.60 0.57
0.40 3.13 1.25 1.15 454 0.47 0.46
0.33 1.20 0.40 1.04 481 0.62 0.63
0.33 2.25 0.75 1.11 466 0.52 0.49
0.33 3.75 1.25 1.24 429 0.41 0.40
0.29 1.40 0.40 1.06 447 0.55 0.56
0
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.29 2.63 0.75 1.16 433 0.45 0.43

.29 4.38 1.25 1.34 410 0.34 0.36

ompete with the reactants for adsorption sites at the catalyst and
hus reduces the overall reaction rate, although no site competition
ith nitrogen has been reported for Pd-catalyzed hydrogenation

eactions. Small traces of CO in the nitrogen 5.0 gas cylinder could
lso cause the decrease of reaction kinetics at higher nitrogen dilu-
ion [16]. As the experimental conditions are not comparable and
he power law kinetics are only valid in a small region of oper-
ting parameters, this result is no conclusive evidence regarding
ncreased catalytic activity.

Table 1 shows the applied operating conditions of the performed
xperiments. In addition to the experimentally measured conver-
ions Xexp, the theoretical conversions Xsim are displayed, which
re calculated by applying the determined kinetic parameters to
he plug flow reactor model. The agreement is rather good with

aximum deviations of 3%.

.2. Heat transfer model parameter study

The general model derived in Section 2.3 allows for differ-
nt temperature profiles, depending on the numerical values of
he model parameters. The developed reactor model includes the
imensionless quantities Nu, Pe and Bi as parameters, which are

unctions of material properties and operating parameters and can
hus be calculated in advance. The unknown parameter Bi0 charac-
erizes the heat removal from the membrane.

As an exemplary result, Fig. 4 shows the resulting profiles for the
ase that all dimensionless parameters are equal to one. This means
hat the heat transfer in the pore is equal to the heat transfer on
he feed side, to the heat conduction in the gas phase, to the heat
onduction in the pore wall and to the heat convection. No heat
ransfer is assumed on the permeate side according to Section 2.3.
hese conditions do not represent a specific point of operation of
he investigated reactor, but demonstrate the general profiles and
he influence of the single parameters.

The dimensionless feed temperature is defined to be �feed = 1.
he resulting temperature jump at the reactor inlet from �feed = 1
o �gas(Z = 0) = 2.8 (Fig. 4) is very pronounced and proportional to
he temperature gradient at the same point according to Eq. (23).
he wall temperature is far below the gas temperature, but well
bove the feed temperature. At Z = 1, both temperature gradients
urn to zero, as defined in Eqs. (28) and (29). The gas temperature
ncreases by 59% of the adiabatic temperature rise, signifying that
1% of the generated heat is removed from the reactor.

In Fig. 5 the same model is calculated four times, varying

nly one of the four parameters Pe, Nu, Bi and Bi0. In each case
he respective parameter is set to 10. For equal catalyst con-
entration, the conversion is a function of the total flow rate,
hich is proportional to Pe. For better comparability this pro-

ortionality is neglected by assuming an adjusted catalyst mass,
Fig. 4. Axial profiles of conversion, gas and wall temperature for Tfeed = 387 K, p =
105 Pa, Qtot = 0.8 lN/min and xC2H4 = 0.5.

leading to comparable conversions and thus comparable heat
generation.

The case Nu = 10 signifies that internal heat transfer between
gas and pore walls is intensified compared to heat conduction in
the gas. Due to mutual dependence of the dimensionless quanti-
ties, this implies intensified heat transfer on the feed side and heat
conduction in the pore wall compared to heat convection. Due to
a good heat conduction in the solid, a nearly isothermal profile of
the wall temperature is achieved. The intensified heat transfer in
the pore does not allow for large temperature differences between
pore wall and gas phase. The result is a much smaller difference
between gas and wall temperature at a much lower level compared
to Fig. 4. The gas temperature reaches a maximum shortly after the
reactor inlet, where heat generation is still high but the influence of
heat removal on the feed side has decreased. 87% of the generated
heat is removed from the reactor.

The case Pe = 10 corresponds to intensified heat convection
compared to heat conduction in the gas phase as well as to inter-
nal and external heat transfer and heat conduction in the pore wall.
Only 20% of the generated heat is removed from the reactor, leading
to very high gas temperatures close to the adiabatic temperature.
The poor conductivities generate pronounced temperature profiles.
For a very short interval at the reactor inlet, the wall temperature
is even slightly higher than the gas temperature due to heat con-
duction in the pore wall from the warmer zones in the rest of the
reactor.

For Bi = 10, internal heat transfer in the pore is intensified com-
pared to heat conduction in the pore wall. This implies intensified
heat convection and heat conduction in the gas phase compared to
external heat transfer on the feed side. Similar to the case Nu = 10
the intensive heat transfer in the pore accounts for a small temper-
ature difference between gas and wall. The heat removal rate on the
other hand is with only 22% much smaller due to the reduced heat
transfer on the feed side. The temperature jump at the reactor inlet
is the most pronounced of all cases.

Finally, Bi0 = 10 signifies that the external heat transfer on the
feed side is intensified compared to heat conduction in the pore

wall, as well as to heat conduction in the gas phase, heat con-
vection and internal heat transfer. Nevertheless the heat removal
rate is rather low with a value of 52%, due to poor internal heat
transfer from gas phase to pore wall. The dimensionless wall
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e = Bi = 1.

emperature at Z = 0 is close to 1, but the difference between
as and wall temperature is comparable to the one displayed
n Fig. 4.

The discussion demonstrates that for a given system, the
arameters cannot be varied independently. Each of the four
imensionless quantities significantly influences the temperature
rofiles. For an assessment of the real reactor behavior, reasonable
anges for the parameter values are determined.

.3. Heat transfer coefficient and Nusselt number

The heat transfer coefficient h, which appears in the dimension-
ess quantities Nu and Bi, represents the proportionality factor for
eat transfer between gas and pore wall. For various conditions

t can be calculated by means of Nusselt correlations. For laminar
ow-through a circular channel assuming constant wall temper-
ture, the mean Nusselt number Nud = h · d/kgas is a function of
he factor Re · Pr · d/L [17]. For very low Reynolds numbers present
n sub-micron channel diameters, the factor becomes very small
nd the correlation asymptotically reaches the value Nud = 3.66
11]. With an assumed Reynolds number in the region of 2 × 10−3

o 2 × 10−2, which is calculated based on a density of 1 kg/m3, a
elocity of 0.1–1 m/s, a characteristic dimension of 2 × 10−7 m and

viscosity of 10−5 Pa s, the asymptotic value of Nud = 3.66 is con-

idered to be valid.
However, for a given Nusselt number the heat transfer coeffi-

ient h is inversely proportional to the channel diameter. Hence, at
mall sizes, surprisingly high values are obtained [18]. For the given
ture for Tfeed = 387 K, p = 105 Pa, Qtot = 0.8 lN/min and xC2H4 = 0.5. (a) Nu = 10, Pe =
te for reduced residence time, (c) Bi = 10, Nu = Pe = Bi0 = 1 and (d) Bi0 = 10, Nu =

geometry of the anodized membrane pores and a thermal conduc-
tivity of kgas ≈ 0.03 W/(m K) the heat transfer coefficient h reaches
a value of

h = 3.66 · kgas

d
> 5 × 105 W/(m2 K). (34)

Owing to the small channel dimension, heat transfer in microchan-
nels is much better than in channels of conventional size. For
modelling gas micro-heat exchangers, a value of h = 1000 W/(m2 K)
is commonly assumed [13], which already represents a rather
high value compared to macrochannels. Recently, values up to
35000 W/(m2 K) have been reported for micro-heat exchangers
[19]. With pore diameters smaller than 1 �m, it seems quite prob-
able, that heat transfer coefficients even exceed these values as
calculated in Eq. (34).

It has to be noted that for laminar flow in small channels, correct
Nusselt numbers are generally smaller than those calculated apply-
ing normal size relations [18]. The deviation increases with smaller
channels, with a stronger dependence for liquids than for gases. For
the Nusselt number Nu defined in Eq. (11), the characteristic length
is different from the one used in Nud. With a length to diameter
ratio of L/d = 300 as present in the pore channels of the applied

anodized membranes, applying the macroscale relation (Eq. (34))
results in

Nu = h · �dL2

A · kgas
= 1.3 × 106. (35)
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t has to be noted, that the validity of the Nusselt number calculated
y applying the macroscale relation defined in Eq. (11), cannot be
resumed without any evidence. But even if the macroscale relation
annot be applied and this number has to be reduced by several
rders of magnitude, any temperature difference between gas and
all inside the membrane pore would immediately disappear.

.4. Thermal conductivity and Biot numbers

The thermal conductivity of the membrane material kwall is
material property and a function of temperature. For sintered

l2O3 at room temperature, values of kwall = 33 W/(m K) are given,
ecreasing to 11.4 W/(m K) at T = 500 ◦ C [20]. At small material
hickness, the thermal conductivity is reported to decrease. For alu-

inium oxide thin films with a thickness of around 0.3 �m lower
alues of 3.3 W/(m K) have been determined [21,22], indicating
morphous rather than crystalline structure.

Axial heat conduction is inversely proportional to the channel
ength. For the small reactor length of L = 60 �m the axial heat
onduction is pronounced even for isolating materials. Assuming
he high value of kwall = 20 W/(m 8/17/20098/17/20098/17/2009K)
or the anodized alumina membranes at T = 200 ◦ C and the heat
ransfer coefficient calculated in Eq. (34), the resulting Biot number
s

i = �
1 − �

h · �dL2

A · kwall
≈ 500. (36)

maller values of kwall lead to a further increase of Bi, still indicating
very intensive heat transfer between gas and pore wall compared

o heat conduction. On the other hand, a reduced h proportionally
educes Bi. But even if the real heat transfer coefficient is smaller
han the one given in Eq. (34) by a factor of 10, the Biot number is still
arger than 50, which is still corresponding to very intensive heat
ransfer between gas and pore wall compared to heat conduction
n the wall.

The heat transfer coefficient h0 in Bi0, which characterizes heat
ransfer at the feed side of the membrane, is assumably much
maller than the one for heat transfer in the pores. Even for a high
alue of h0 = 1000 W/(m2 K), the Biot number does not exceed a
alue of

i0 = h0 · L

kwall
= 3 × 10−3, (37)

hich signifies that due to the small channel length, heat conduc-
ion in the pore wall is much larger than heat transfer on the feed
ide.

.5. Flow rate and Péclet number

The Péclet number is proportional to the convective heat transfer
nd thus to the flow rate in the pores. It can be calculated either from
he flow rate through a single pore divided by the cross-sectional
rea of the pore or from the total flow rate divided by the open
embrane area, producing equal values. The total standard volu-
etric flow rates applied in the heat transfer experiments are varied

etween Qtot = 1 and 5 lN/min. This corresponds to molar flow rates
f ṅtot = 0.74 × 10−3 to 3.72 × 10−3 mol/s. For a mean molar heat
apacity of cp = 53 J/(mol K) and a mean thermal conductivity of
gas = 0.03 W/(m K) (both valid for ethene at 400 K), the resulting
éclet number range is
e = ṅtot · cp · L

Amem · kgas
= 0.54 to 2.68. (38)

hese values show that heat convection and heat conduction in the
uid are in the same order of magnitude.
Fig. 6. Axial profiles of conversion, gas and wall temperature for Tfeed = 387 K, p =
105 Pa, Qtot = 0.8 l/min and xC2H4 = 0.5 and parameters determined for the catalytic
membrane reactor.

3.6. Temperature profile in catalytic membrane

With the dimensionless quantities determined above for the
anodized catalytic membrane reactor, the resulting profiles of tem-
peratures and conversion are illustrated in Fig. 6. The temperatures
of gas and wall turn out to be identical and the reactor can be
regarded as isothermal.

Parameter variation yields further interesting results: the ratio
of Nusselt and Péclet number, commonly referred to as Stanton
number St, characterizes the ratio between heat transfer in the
pore and heat convection. This ratio can be further described by
the internal surface area of the membrane Aint and the total pore
area �Amem, as it is shown in Eq. (39). For values of St > 1000,
the resulting gas and wall temperature of the investigated system
are always in complete agreement and the reactor temperature is
constant:

St = Nu

Pe
= h · �dL2

A · kgas
· A · kgas

ṅtot · cp · L
= h · Aint

ṅtot · cp

!≥1000, (39)

Aint = 4L

d
· �Amem. (40)

The correlation implies that the high value for Nu determined in Eq.
(35) is not mandatory. For the same Péclet number of Pe = 1 a Nus-
selt number of Nu = 1000 is already sufficient to achieve isothermal
behavior. Accordingly, for the determined value of Nu > 106 the
flow rate could be increased by orders of magnitude, proportion-
ally increasing Pe, without changing the shape of the temperature
profiles.

The second observation concerns the resulting reactor tem-
perature. If Eq. (39) is fulfilled, the permeate temperature, which
can be measured experimentally, is equal to both gas and
wall temperature along the whole membrane length. All four
dimensionless quantities used in the model influence the exact
value of the reactor temperature, but these influences can be
merged into a single dimensionless quantity, the external Stanton

number St0

St0 = Nu

Pe

Bi0
Bi

= h0 · (1 − �)Amem

ṅtot · cp
. (41)
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Table 2
Determined St0 values and resulting reactor temperatures for ethene hydrogenation experiments.

xC2H4 Qtot [lN/min] X �T [K] X · �Tad [K] St0,exp Tr,exp [K] Tr,sim [K]

0.50 0.80 0.77 185 988 4.34 572 573
0.50 1.50 0.67 161 856 4.33 537 537
0.50 2.50 0.51 99 662 5.70 477 502
0.40 1.00 0.71 155 729 3.72 531 514
0.40 1.88 0.60 132 617 3.68 505 489
0.40 3.13 0.47 87 481 4.55 454 458
0.33 1.20 0.62 104 534 4.12 481 477
0.33 2.25 0.52 96 450 3.71 466 455
0.33 3.75 0.41 65 351 4.38 429 429
0.29 1.40 0.55 72 401 4.57 447 450
0
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1 − Tpermeate − Tfeed

�Tad · X
= St0

1 + St0
= 0.81. (46)

This heat removal ratio means that 81% of the heat of reaction is
transferred from the reactor to the surrounding module, whereas
.29 2.63 0.45 66

.29 4.38 0.34 49

n integral energy balance of the reactor demonstrates that the
arameter St0 is sufficient to describe the reactor temperature:

ṅtotcp(Tfeed − Tperm) − h0(1 − �)Amem(Twall(0) − Tfeed)

+ṅtotcp�TadX(1) = 0, (42)

− �permeate − St0 · (�wall(0) − 1) + ��ad · X(1) = 0. (43)

f isothermal behavior can be assumed (St ≥ 1000), the inlet wall
emperature �wall(Z = 0) and the permeate temperature �permeate

re equal and can be replaced by the reactor temperature �r. This
esulting reactor temperature is a function of the heat generation
erm ��ad · X(1) and of St0:

r = 1 + ��ad · X(1)
1 + St0

. (44)

s St ≥ 1000 is always fulfilled for the anodized catalytic membrane
eactor, the isothermal reactor temperature is only a function of a
ingle unknown parameter, which can be determined experimen-
ally by measuring temperature difference and conversion.

With these correlations it is worth to look once more at the initial
emperature profiles with the randomly chosen parameter val-
es. Fig. 5(a) corresponds to relatively large values of St = St0 = 10,
hereas Fig. 5(b) represents rather small values of St = St0 = 0.1.

ig. 5(c) results for St = 1, St0 = 0.1 and finally Fig. 5(d) corresponds
o St = 1, St0 = 10. Thus for neither of the four cases, Eq. (39) is
ulfilled, causing the non-isothermal profiles. Fig. 5(a) comes clos-
st, whereas Fig. 5(b) is far away from this constraint, producing
ronounced temperature profiles. Regarding reactor temperature,
ig. 5(a) and (d) demonstrates effective heat removal with St0 = 10,
hereas in the other two cases heat removal is poor with St0 = 0.1,

eading to permeate temperatures close to the adiabatic tempera-
ure.

. Experimental model validation

The heat transfer reactor model setup in the previous section is
alidated experimentally with the aim of determining a correlation
or the parameter St0, which would allow for prediction of reactor
emperature and consequently conversion.

The unknown parameter St0 characterizes heat removal from the
embrane. If the system complies with the constraint St ≥ 1000,

t0 can directly be calculated from measured conversion and tem-

erature difference by means of Eq. (44), which can be transformed
o

+ St0 = �Tad · X

Tpermeate − Tfeed
. (45)
328 3.95 433 428
253 4.15 410 408

St0,fit = 4.33

For each of the experiments described in Section 2.2 an indi-
vidual St0 can be determined, which exactly predicts the measured
temperature (Table 2). The small variation of the individually cal-
culated values suggests that a constant value will lead to satisfying
results for the membrane reactor setup under the applied operating
parameters. Applying a least squares method, a value of St0 = 4.33
fits the experimental results best.

The theoretical reactor temperatures calculated by means of
this constant value are also given in Table 2. The simulated reactor
temperatures Tr,sim are generally in excellent agreement with the
measured temperatures Tr,exp (Fig. 7). In eight out of twelve experi-
ments the deviation is lower than 5 K. The largest relative error of 5%
is obtained in the third experiment, which also produces the largest
deviation in the determination of the reaction kinetics, suggesting
an experimental error.

A constant value of St0 signifies that heat removal from the reac-
tor is not a function of flow rate. For an increasing flow rate ṅtot, the
heat transfer coefficient h0 on the feed side increases proportion-
ally. For a rather low standard volume flow rate of Qtot = 1 lN/min
the resulting heat transfer coefficient is h0 = 500 W/(m2 K), increas-
ing up to 5000 W/(m2 K) for 10 l/min.

By means of St0, which is characteristic for the membrane reac-
tor, a constant heat removal ratio can be specified, defined as the
ratio between heat removed from the reactor and heat generated
in the reactor, based on Eq. (45):
Fig. 7. Comparison between measured reactor temperatures and values calculated
by means of the heat transfer reactor model with a constant St0 = 4.33.
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9% contribute to the temperature jump at the reactor inlet, i.e. are
ransported convectively.

The reactor model described in the previous section is well
uited to predict the temperature profiles of the flow-through
embrane reactor. Due to the small reactor dimensions, isothermal

peration will be reached under any operating conditions. In this
ase, an integral reactor balance allows for calculation of the reactor
emperature, which is a function of feed temperature, conversion,
diabatic temperature difference and a constant dimensionless
uantity St0, which accounts for the heat removal from the reactor
nd is characteristic for the reactor setup under the investigated
perating conditions.

Reaction kinetics and consequently the conversion reached in
he reactor are a function of the reactor temperature. The steady
tate reactor temperature in turn is a function of conversion, cou-
led by the adiabatic temperature rise. As a result, a predictive
eactor model has to calculate conversion and reactor temperature
imultaneously. The resulting reactor model does not require differ-
ntial energy balances and represents a boundary value problem,
n which the conversion at Z = 1 is coupled to the constant reactor
emperature according to Eq. (44).

. Conclusions

A heat transfer model of the catalytic membrane reactor is
erived, accounting for heat convection, heat conduction in gas
nd wall as well as heat transfer inside the catalytic membrane
nd between membrane and reactor module. All parameters are
rouped into four dimensionless quantities Nu, Pe, Bi and Bi0. If
he ratio between Nu and Pe, the so-called internal Stanton num-
er St, becomes larger than 1000, the temperature profiles of gas
hase and membrane wall coincide and the reactor can be regarded

sothermal. The gas temperature immediately jumps from the
ower feed temperature to the constant reactor temperature when
ntering the catalytic membrane pore. Due to the small reactor
imensions, this requirement is fulfilled in the anodized membrane
eactor under any operating conditions. In this case, the heat trans-
er mechanisms inside the membrane prove to be irrelevant for
he resulting membrane temperature, which is exclusively deter-

ined by a further dimensionless quantity, the external Stanton
umber St0. This parameter results as a combination of the four ini-
ial dimensionless numbers and is proportional to the heat transfer
oefficient between membrane and reactor module divided by the
otal flow rate.

Performed ethene hydrogenation experiments suggest that St0
s nearly constant in the applied range of operating conditions. This

mplies that for increasing flow rate, the heat transfer coefficient
ncreases proportionally. With this constant parameter character-
zing the heat removal ratio from the reactor, the resulting reactor
emperature can be predicted satisfactorily in the whole range of
erformed experiments.
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